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Abstract

Experiments were performed to study the hydrodynamic characteristics of ebullate-bed systems operated under conditions of high pressure and
temperature. The effects of these variables on bed porosity and the liquid minimum fluidization velocity were determined and a correlation has been
proposed as a criteria for determining flow regime transitions between the dispersed and coalesced bubble flow regimes. The bed porosity has been
described with the pseudo-fluid model. The minimum fluidization velocity data were contrasted with predictions from empirical correlations

reported in the literature.
© 2005 Elsevier B.V. All rights reserved.

Keywords: Hydrodynamics; Ebullated-bed; Pseudo-fluid; Flow regime; Minimum fluidization

1. Introduction

High pressure and high temperature operation is common in
industrial three-phase ebullated-bed reactors utilized in
hydrotreating processes of residual materials. Knowledge of
the hydrodynamic characteristics at severe conditions is critical
for predicting the performance of these reactors. Among such
characteristics are the incipient liquid fluidization velocity, the
bed expansion and the bubble flow regime. Although these
properties have been extensively reported in the literature for
ambient conditions, little has been reported for systems at high
temperature and pressure.

In an ebullated-bed system, at a given gas velocity, bed
expansion increases with liquid velocity and/or viscosity. In
general, a bed of small particles operated under ambient
conditions contracts when a low gas flow rate is first introduced
into the liquid-solid fluidized bed [1]. Bed contraction
continues with further increases in gas velocity until the bed
height reaches a minimum point, beyond which the bed
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expands with an increase in gas velocity. On the other hand, for
a bed of large particles bed contraction does not occur. The bed
and expansion phenomena has been described by the general-
ized wake model developed by Bhatia and Epstein [2], which
considers that the effective amount of liquid in the bed available
for fluidizing the bed is reduced due to liquid entrainment in the
wake of bubbles.

For beds operated at high temperature and pressure either
bed expansion or contraction can occur. Blum and Toman [3]
operated a nitrogen-light mineral oil-cylindrical catalyst
particles three-phase fluidized bed at 6.8 MPa and at tempera-
tures up to 350 °C. They found that the bed height increased
continuously with gas flow rate without bed contraction. Jiang
etal. [4] utilized a bed of glass beads fluidized with Paratherm NF
heat transfer fluid as the liquid phase and nitrogen as the gas
phase, which was operated at pressures up to 17.4 MPa and
temperatures up to 94 °C. Their results indicated that at low
temperatures bed contraction occurred over the entire range of
pressure studied. However, the tendency of bed contraction was
found to diminish at high temperatures, and to disappear under
high temperature and high pressure conditions.

Several studies report that pressure affects the bubble
characteristics in ebullated-bed systems. Jiang et al. [5] visually
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Nomenclature

liquid ~ Archimedes number, Ar, =d’p;

(ps — pL)g/ 13

bubble size (m)

column diameter (m)

volume equivalent bubble diameter (m)
dimensionless bubble size (m)

equivalent diameter of sphere having the same
volume as the particle (m)

gas Froude number, Frg = U3/gd,

gravity acceleration (m/s?)

Hg, H, expanded and static bed heights (m)

gas drift flux (m/s)

Morton number, Mo = gut (oL — pg)/pio;
liquid Morton number, Moy, = gut /p o7
Richardson—Zaki index

pressure (MPa)

gas Reynolds number, Re; g = pr.d,Ug/i,
liquid Reynolds number at minimum three-phase
fluidization Rey nr = Up medyor/ir

pseudo-fluid Reynolds number based on the
terminal velocity, Re, = U.d, pp/ thpt

rise velocity of a single bubble in a liquid med-
ium (m/s)

dimensionless bubble rise velocity

gas superficial velocity (m/s)

terminal velocity of a single bubble in the liquid
(m/s)

liquid superficial velocity (m/s)

minimum liquid fluidization velocity of the three-
phase bed (m/s)

minimum fluidization velocity of the liquid—solid
system (m/s)

velocity of the pseudo-fluid (m/s)
single-particle terminal settling velocity in the
pseudo-fluid (m/s)

catalyst loading (kg)

Greek letters

o dispersed phase volume fraction

Ba gas void fraction per unit porous volume
€ bed porosity

&g gas phase holdup

&y gas phase holdup on a solids-free basis
& liquid phase holdup

g liquid phase holdup on a solids-free basis
Emf bed porosity at minimum fluidization

& solids holdup

0] sphericity factor

" dynamic viscosity (Pa/s)

0 density (kg/m?)

oL liquid surface tension (N/m)

Subscripts

C continuous phase

D dispersed phase
G g gas

L,1 liquid

pf pseudo-fluid

p particle

S, s solid

observed the hydrodynamic behavior of a three-phase fluidized
bed at elevated pressures up to 1 MPa and at ambient
temperature. The study indicated that bubble size decreases,
bubble size distribution narrows, and gas holdup increases with
increasing pressure. Luo et al. [6] experimentally studied the
phase holdups and heat transfer in three-phase fluidized beds
over a pressure range of 0.1-15.6 MPa and at ambient
temperature. They also report that bubble size decreases
and the bubble size distribution becomes narrower with an
increase in pressure. They found that the bubble size reduction
leads to an increase in the transition gas velocity from the
dispersed bubble regime to the coalesced bubble regime, an
increase in the gas holdup, and a decrease in the liquid and solid
holdups.

The minimum fluidization velocity represents the smallest
superficial liquid velocity, which at a given superficial gas
velocity brings particles in the bed from rest to motion.
Knowledge of this velocity is of considerable relevance in the
design and safe operation of ebullated-bed reactors. A great
deal of experimental work has been devoted to investigating the
onset of fluidization of three-phase fluidized beds, and hence
many correlations and models are found in the literature for its
prediction. Most of these studies, however, seem to have been
performed under ambient conditions. This is apparent from the
work of Larachi et al. [7], who proposed neural network
correlations based on a wide historic minimum fluidization
velocity database for three-phase systems (with 540 measure-
ments). It can be seen from the operating conditions reported
that all of the data utilized correspond to experimental work
obtained at a pressure of 0.1 MPa and a temperature range of
20-39 °C. One of the few studies in the open literature that
considers high temperature and high pressure on the incipient
fluidization velocity is that of Jiang et al. [8]. They conducted
experiments at pressures up to 17 MPa and temperatures up to
135 °C, and for which it was reported that the minimum
fluidization velocity decreases with an increase in pressure and
a decrease in temperature. It was also observed that pressure
effects become insignificant when the pressure reaches a certain
value and large bubbles disappear.

The aim of this contribution is to examine the effect of
pressure and temperature on the hydrodynamics properties of
ebullated-bed systems. Specifically, the bed porosity, and the
liquid minimum fluidization velocity have been measured and
compared with the predictions of well-known equations and
models developed for ambient conditions. The effect of
temperature and pressure on the bubble flow regime has been
analyzed and an empirical correlation is proposed to predict the
bubble flow transition gas velocity between the dispersed and
the coalesced bubble regimes at high pressures.
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2. Experimental

The reaction section of a hydrotreating pilot plant was
utilized in the determination of experimental hydrodynamic
data at high pressure and temperature conditions and which has
been described elsewhere [9]. An schematic diagram of the
experimental system is shown in Fig. 1. The reactor consisted of
an ebullated-bed within a vertical tube 434 cm high and
2.94 cm in diameter, and with a settled bed height of 135 cm.
The system has been designed to operate at severe conditions of
temperature and pressure and so pressures and temperatures of
up to 15 MPa and 100 °C, respectively, have been considered.
The bed consisted of 1.71 mm diameter glass beads, 2509 kg/
m® density, supported by a wire mesh placed at the bottom
of the reactor, fluidized by co-current diesel fuel (u; =45 x
107 kg/(ms), 0=30x 107> N/m and p;, =836kg/m’ at
20°C and 0.1 MPa) and nitrogen flows. Superficial gas
velocities of up to 0.014 and 0.016 m/s were used, respectively,
for the gas and liquid flow rates. Bed density profiles were
obtained with a commercial gamma-ray densitometry SGD
Density System unit from TN Technologies. The system
basically consists of a nuclear density gauge mounted in a
movable assembly mechanism, which was used to transport the
gauge axially along the column. The gauge is comprised of a
Cesium-137 source contained in a lead-filled, steel-encased
housing mounted on one side of the bed, and a scintillation
detector, which is mounted on the opposite side of the
column. For calculation of the bed density at a given height, the
system has to be previously calibrated with a fluid of known
density, and then it utilizes the attenuation coefficient of the
process material components to compute the response to
process density changes. From the bed density profiles the
average bed densities, pg, were determined. The expanded bed
heights, Hg, were obtained from the position where there was
an abrupt change in the column axial density profile, which
corresponded to the density change at the bed—freeboard
interface.
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Fig. 1. Schematic diagram of the experimental system.
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height by

AW,

— _ 1
JTdCZ,OSHB ( )

&
The liquid and gas holdups are then determined from solving
the following equations

PB = Psés + P18 + P&y 2)

gg e +e =1 3)

3. Experimental results and discussion
3.1. Bed expansion

In conducting high pressures and high temperatures experi-
ments, the bed is first fluidized by the liquid, and then the gas is
introduced into the bed. The bed height is determined from the
density profile of the reactor and the bed porosity is then
calculated using Eq. (1). For ebullated-beds operated under
ambient conditions at a given gas velocity, the bed porosity
increases with an increase in the liquid flow rate as well as with an
increase in the liquid viscosity. Furthermore, at a given liquid
velocity, upon introduction of the gas phase the bed porosity can
either decrease or increase depending on the bubble flow pattern.
The same phenomenon is observed in systems at high pressure.
Fig. 2 shows the experimental bed porosity for 1.7 mm glass
beads as a function of gas velocity at two pressures and 20 °C. As
it can be seen from this figure, for both pressures the bed porosity
increases with gas velocity. It is also apparent that the porosity
increases when pressure is increased from 7.5 to 15 MPa. An
increase in porosity (or bed height) with gas velocity, as observed
in Fig. 2, is typical of fluidized systems under the so called
dispersed bubble flow regime, the main characteristic of which is
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Fig. 2. Effect of gas velocity on the bed porosity at two different pressures,
U, = 1.4 cm/s and 20 °C.



208 R.S. Ruiz et al./Catalysis Today 109 (2005) 205-213

the presence of relatively small bubbles uniformly distributed in
the column. This seems to be in accordance with visual
observations of bubbles at the bed surface of high pressure
systems [4], which showed that the mean size of bubbles
decreases significantly and their distribution becomes much
narrower when the pressure is increased from 1.8 to 17.4 MPa.
Similar results were obtained for the bed operated at 100 °C.
As itis shown in Fig. 3, the bed porosity at this temperature also
increases with an increase in gas velocity, and therefore a
continuous bed expansion was observed. It is also evident that
the porosity decreases when the temperature is increased from
20 to 100 °C. For the diesel fuel at 150 MPa, an increase in
temperature from 20 to 100 °C yields a reduction of both
viscosity and density of about 70 and 6%, respectively. The
reduction of liquid viscosity will reduce the drag force on the
particles exerted by the fluid, while the reduction in its density
will reduce the buoyancy force on the particles. A decrease in
both of these forces leads to a decrease in the bed porosity.

0.75
® 20°C
0.7 '
7.5 MPa m 100°C
0.65
fd
E 06
IS
=
(=9
0.55
0.5
045 T T
0 0.5 1 1.5
(a) U, (cm/s)
0.75
* 20°C
0.7
15 MP:
a B 100°C
= 0.65 -
Z
E
£ 06
0.55
05
045 . .
0 0.5 1 1.5
(b) U, (cm/s)

Fig. 3. Effect of gas velocity on the bed porosity at two different temperatures,
U;=0.7 cm/s and (a) 7.5 MPa and (b) 15.0 MPa.

The effects of pressure and temperature on the bed
expansion has been modeled in the present work based on
the pseudo-fluid model utilized by Di Felice [10] for the
prediction of phase holdups in three-phase fluidization at
atmospheric conditions in the dispersed flow regime. In this
model, the liquid and gas phases are treated as a single
homogeneous fluid whose characteristics, such as density,
viscosity and flow rate are determined independently. These
characteristics of the hypothetical fluid must be such that they
will give the same overall interaction effects on the dispersed
particle phase, and which can be obtained from the weighted
averages of liquid and gas, that is:

ppf = l("1*101 + 8;7 (4)
tpr = (1 + &), (5)
Upf =U+ Ug (6)

where ¢ and ¢, are the liquid and gas holdups on a solids-free
basis. Eq. (5) has been obtained from the theoretical relation-
ship reported for a suspension of fluid spheres at low concen-
tration [11]:

(7

0.4
M:MCOHMM)

Up + Kc

where the subscript D refers to the dispersed phase, the sub-
script C refers to the continuous phase and « is the dispersed
phase volume fraction. For a gas-liquid systems, with the gas
being the dispersed phase, Eq. (7) reduces to Eq. (5) when pup is
negligible compared with pc.

The solid phase holdup can be predicted from the
pseudo-fluid characteristics assuming that the voidage and
velocity relationship follows the Richardson and Zaki equation
[12]

1/n
e= <%> (8)
ug
where U¢, the single-particle terminal settling velocity in the
pseudo-fluid, is estimated from the correlation given by
Schlichting [13] as
160, _ 1/1.4

Ue = [0.072%} 2 < Re, < 500, ©)
pf M pf

In the present work, the index » in Eq. (8) was obtained from
porosity data of the liquid—solid system.

According to the approach proposed by Di Felice [10], the
system becomes completely predictive once the system
conditions are known and the values of & and &, have been
estimated. For estimating &/and ¢, it is assumed that the gas—
liquid system is unaffected by the presence of the solid
particles, apart in the reduction they cause in the flow area. In
order to relate the gas and liquid holdups to their flow rates, Di
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Felice utilized the following expression proposed by Wallis

[11]

Uy(l — &) — Uigy = Ugey(1 — &)’ (10)
where Uy is the terminal velocity of a single bubble in the
liquid. In the present work, this velocity has been calculated by
the following expression [4,14] for the rise velocity of a single
bubble in a liquid medium, U, which has been found to work
well at high pressure conditions [15]

Mo-1/4 16 28 g\ 087-1/16
= |(Mas) (Trs) .
where
. 14
Uy = Un ) (212 (12
— 1/2
d = d, [(p‘of’g)g] . (12b)

The size of the single bubble used in the above correlation
was assumed to be equal to the size of bubbles in the dispersed
flow regime, this was estimated to be similar to the size of the
smaller bubbles observed in bubble size distributions at high
pressures [4], and which was approximately of the order of
1.7 mm.

The predictions of the pseudo-fluid model of the bed
porosity of ebullated-bed systems operated at different
conditions are shown as a line in Figs. 2 and 3. It is seen
that the model can predict reasonably well the experimental
data at different temperature and pressures. These results
suggest that in the experimental systems described the gas and
liquid could be considered homogeneous from the particle
point of view. These systems have been found to expand
monotonically with gas superficial velocity, which is a
characteristic of systems in the dispersed bubble flow regime.
The pseudo-fluid model also predicts a continuous bed
expansion with gas velocity and it has been reported that its
application is limited to the dispersed bubble regime [10];
therefore, it would seem to be inadequate to utilize this model
for systems that show a bed contraction upon introduction of the
gas phase into the liquid—solid system.

3.2. Flow regime

Ebullated-beds operated at relatively low gas and liquid
velocities tend to contain small bubbles with a narrow size
distribution, strongly dependent on the gas distributor [16].
Under such conditions the number of bubbles and the gas
holdup are also small. As gas velocity is increased, larger
bubbles of wider size distribution are encountered. An increase
in bubble population decreases the distance between them,
which favors their coalescence. Such global behavior of the bed
is referred to as coalesced bubble flow.

On the other hand, as liquid flow is increased at a constant
low gas flow rate, bubbles become smaller with a narrower size
distribution. This is known as the dispersed bubble flow regime.

1
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Fig. 4. Schematic diagram of a map regime of a three-phase fluidized bed.

Fig. 4 presents a schematic representation of a map regime
similar to the experimental one reported by Zhang et al. [16] for
the air—water system with 1.5 mm glass beads. Different flow
regimes are presented in this figure as well as the border
between them. It is clear from it that an increase in the
superficial gas velocity can change the flow regime from the
dispersed bubble flow to the coalesced bubble flow regime.
Furthermore, the three-phase system can move from the
coalesced bubble regime to the dispersed bubble regime as the
liquid superficial velocity is increased.

Based on bubble characteristics, Zhang et al. [16] have
presented experimental criteria for the identification of the
different flow regimes and the transition between them. For the
air-water system with spherical particles, at atmospheric
pressure, they report the following empirical equation for the
liquid transition velocity to the dispersed bubble flow regime:

U 0 —0.667
—= = 0.721Fry ™ Ar) 07 (-S) . (13)
U o1

The gas drift flux concept has been utilized by many
researchers for analyzing the transition between the bubble
dispersed and the coalesced bubble regimes in three-phase
fluidized beds [6,17,18]. For gas-liquid flows, the drift flux of
gas is defined as the volumetric flux of gas relative to surface
moving at the average velocity of the two phases [11]. This
definition was extended to three-phase fluidized beds [1,17] and
can be expressed by

I —¢

de = (Ug81 — U]Sg). (14)

where j.q is the gas drift flux, which increases with gas holdup
in the dispersed bubble flow regime, however, it appears to
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increase at a much higher rate in the coalesced bubble regime.
In the present work, the gas drift flux has been determined at
elevated pressures as shown in Fig. 5. It seems from this plot
that j.q increases with gas holdup at a higher rate at a relatively
low pressure of 1 MPa than it appears at 7.5 and 15 MPa, and
therefore, at 1 MPa larger and faster bubbles will be expected
than in the beds operated at the higher pressures. It is also
apparent from Fig. 5 that the differences between the gas drift
flux data for the pressures 7.5 and 15 MPa, are significantly
smaller than those with the corresponding data at 1 MPa. From
the relatively low rate of increase of the drift flux with gas
holdup at 7.5 and 15 MPa it appears that the experimental
systems were under the dispersed bubble flow regime. These
results agree well with those reported by Luo et al. [6] who
found an increase with pressure of the transition gas velocity
between the coalesced and dispersed bubble flow regimes.
Additionally, they observed that this effect was important
mainly at pressures below 6 MPa and that at higher pressures
the effect would tend to level off.

Luo et al. [6] utilized the gas drift flux concept and reported
transition gas velocities at elevated pressures. The experimental

U, =0.7 em/s @ | MPa
237 W 7.5MPa
A 15MPa
2 -
£
-

215 -*
e ! -
S r 4
=

(@) g

3

U =14 cm/s € 1 MPa
25 ® 7.5MPa
A 15MPa
— 2
@
=t
=2
215 i
2, R
.f
] - ’
0]&
,
’
’
0.5 - it
rd
e | [ ]
- - A A
0 = T T
0 0.05 0.1 0.15 02

(b) €,

Fig. 5. Effect of gas holdup on the bubble drift flux at different pressures and (a)
U;=0.7 cm/s and (b) U; = 1.4 cm/s.

data for systems at pressures in the range 0.79—-15.6 MPa have
been compared with the corresponding predictions obtained
with Eq. (13) and the results are presented in Fig. 6. It is clear
from this figure that the experimental ratio between the
transition gas and liquid velocities is much larger than the
corresponding value predicted by above-mentioned equation.
That is, at high pressures, for a given liquid velocity much
larger gas velocities than those predicted by Eq. (13) can be
utilized before the transition between the dispersed and
coalesced bubble flow regimes occur. This equation has been
obtained from experimental data at atmospheric pressure, and
therefore it is probably not surprising that it had failed to predict
the transition under high pressure conditions. Nevertheless, it
has been observed that the prediction error tends to decrease as
the operating pressure is decreased (the smallest errors in Fig. 6
correspond to predictions of the data at 0.79 MPa).

It is evident that correlations that do not take into
consideration the effect of pressure on bubble behavior will
fail to predict the flow transition velocities at high pressures.
Unfortunately, there seems to be very little amount of work
published on this regard and as a result no correlation has been
found published in the open literature for predicting flow regime
transitions at high pressures. Therefore, as an attempt to start
fulfilling the necessity of this kind of expressions, in the present
work a correlation for the prediction of the transition between the
dispersed bubble flow regime and the coalesced bubble regime at
elevated pressures is presented in Eq. (15a) and (15). These
correlations have been obtained from fitting experimental data
published in the literature [6] to an expression similar to that
proposed by Zhang et al. [16]. The pressure range of the
experimental data considered was from 5.6 to 15.6 MPa, as
similar pressures are often employed in ebullated-bed reactors in
the hydroprocessing of heavy oil fractions.

The correlations obtained for each of the particle sizes
reported in [6] are as follows:

For 2.1 mm diameter particles,

10
* Eq.(13) "
W g (15)
— [ |
E=)
2
=
2
g2 14
B
=3
)
o .
0’ “0
0.1 . .

0.1 1 10

U g/U \(experimental)

Fig. 6. Experimental gas velocity to liquid velocity ratios from Luo et al. [15]
and predicted values.
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U P —0.667
—£ = 0.756Fr,Ar; 05! (—) ) (15a)
U P1
where
P
n = —0.2241 (—) — 1.1566
Py
and
15.6MPa > P > 10.1 MPa.
For 3.0 mm diameter particles,
U P ~0.667
—£ =341 x 10°Fr; A 17> <5) . (15b)
U] P
Which is good for the following pressure range

15.6 MPa > P > Py =5.62 MPa.

In Fig. 6, a comparison is shown between the predicted
values obtained with Eq. (15) and data of Luo et al. [6] and from
which it is clear that a good correspondence exists between both
of them. Eq. (15) has also been utilized for calculating the
transition gas velocity for the experimental systems considered
in the present work and the results are presented in Fig. 7. The
data points that lie on the right hand side of the straight line
correspond to the experimental conditions that are in the
dispersed bubble flow regime while for those on the left hand
side the gas velocity is somewhat higher than the predicted one
for the transition between the dispersed and the coalesced
bubble flow regimes. The latter correspond to the systems
operated at 7.5 MPa and the higher gas velocities considered.
According to this figure, it can be said that that most of the
experimental systems reported seem to be at the dispersed
bubble flow regime, which is consistent with the results
reported in Section 3.1 where a good correspondence was found
with the pseudo-fluid model.

1.E+01
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Fig. 7. Experimental gas velocity to liquid velocity ratio and the corresponding
ratio at the transition between the dispersed and the coalesced bubble flow
regimes, as predicted by Eq. (15a) and (15).
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Fig. 8. Effect of gas velocity on the liquid minimum fluidization velocity at
different pressures.

3.3. Minimum fluidization velocity

Fig. 8 shows the effect of gas velocity and pressure on the
minimum fluidization velocity at 20 °C. As it can be seen, at zero
gas flow rate conditions the minimum fluidization velocity
appears to decrease with an increase in pressure. This resultis due
to the fact that the liquid viscosity increases with pressure. It is
also evident from Fig. 8 that for the three pressures considered an
increase in gas velocity decreases the incipient liquid fluidization
velocity. The same behavior has been reported for systems
operated at atmospheric pressure. It seems that the presence of
gas reduces the liquid holdup, and hence increases the interstitial
liquid velocity. This in turn increases the drag exerted on the
particles, which leads to earlier fluidization.

Asitis shownin Fig. 8, for a given gas velocity the minimum
fluidization velocity seems to decrease with an increase in the
operating pressure. The effect of pressure can be explained in
terms of its impact on liquid properties and bubble behavior. As
mentioned above, an increase in pressure increases the liquid
viscosity, which in turn increases the drag forces on the
particles. With regards to bubble behavior, experimental studies
[6] have shown that an increase in pressure tends to produce
breakage of large bubbles that leads to systems characterized by
the presence small bubbles of uniform size. Bubble breakage
produces smaller and slower bubbles that increases the gas
holdup, reduces the liquid holdup, and increases the interstitial
liquid velocity, which in turn increases the interaction forces
between liquid and particles. Based on the foregoing discussion
it can be said that an increase in pressure reduces the minimum
fluidization velocity by an increase in the drag force exerted on
the particles due to an increase of the liquid viscosity and
interstitial velocity.

The effect of gas velocity on the minimum fluidization
velocity normalized by the corresponding velocity for the
liquid—solid system is shown in Fig. 9 for different operating
pressures. It appears from this figure that as the pressure is
increased the rate at which the ratio Uy ¢/ U7 ¢ varies with gas
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Fig. 9. Effect of gas velocity on the ratio between the incipient fluidization
velocity at a high pressure and the one at atmospheric pressure.

velocity also increases. Furthermore, for the data considered,
the differences between the normalized fluidization velocities
at the different pressures seem to increase with gas velocity.
These observations appear to be due to the fact that an increase
in gas velocity tends to increase the number of large bubbles
and that pressure mostly affects these bubbles rather than the
small ones [5]. Therefore, appreciable pressure effects on the
minimum fluidization velocity can be expected for systems
with large bubbles.

Fig. 10 shows the effect of gas velocity pressure on the
minimum fluidization velocity at 7.5 MPa and two different
temperatures. It is clear from this figure that an increase in
temperature increases the minimum fluidization velocity, mainly
at low gas velocities and for the liquid—solid system. It is also
apparent from both curves in Fig. 10 that the differences
between them tend to decease with an increase in gas velocity.
For the liquid—solid system an increase in temperature decreases
the liquid viscosity, which in turn reduces the drag forces on the
particles. For three-phase systems temperature will affect both
liquid and gas-liquid interfacial properties. That is on the one
hand an increase in temperature reduces the frictional forces on
the particles, and on the other the associated decreases of
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Fig. 10. Effect of gas velocity on the liquid minimum fluidization velocity at
two different temperatures.

viscosity and surface tension reduce the stability of the gas—
liquid interface, which results in a reduction of bubble size [4,8].
As was mentioned before, bubble breakage produces smaller
and slower bubbles that reduces the liquid holdup and increases
the interstitial liquid velocity, which in turn increases the
interaction forces between liquid and particles. This temperature
effect associated with bubble size reduction can be expected to
be more significant at larger velocities where larger bubbles are
more likely to be present in the system. With regard to the
temperature effect, it seems that there are two competitive
factors that affect the minimum fluidization velocity. One is that
a temperature increase reduces the liquid viscosity and hence the
drag force exerted on the particles, which increases the
minimum fluidization velocity. The other effect reduces the
bubble size due to a decrease in viscosity and surface tension,
which in turn causes decreases the minimum fluidization
velocity. It is clear from Fig. 10 that the first of the above effects
is the dominant one at low gas velocities; however, the relative
importance of the second one seems to increase with gas
velocity.

There are several correlations and models in the literature
proposed to calculate the liquid minimum fluidization velocity,

Table 1

Correlations for Uy ¢ in three-phase fluidization

References Correlation

[19] ULme = U} (1 — O.SU%O75 — emfBGmt) (16)
[20] Uit = 5.359 x 10717 U014 170497 40423 5375 a7
[21] Repmi = 0.00512Ar662Fr0-118 (182)
[21] Uit = U (1 = 1.62 x 103U2436,02273059% (o — o)) (18b)
221 Uit = 0.427U5%198415% (pg — p )°77 19
[23] Upmt = 6.969 x 10—4U60.328M£0.355(¢dv)l~086dg.042(ps _ pL)0~865 (20)
[24] Ut = Uf (1 = 376083 1022749213 (pg — p ) ~4%) @1
[25] I0(Upme) = In(U,.¢) — 13.8Fr%3 (pg — p ) (22)
[7] Neural network Upme = f(Us; up; @;dv; ps — pr;or;dy/de) (23a)
[71 Neural network Repms = f(Reg; Ary; ¢dy /de; MoL) (23b)
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Table 2
Average absolute relative error for empirical correlations to predict Uy ¢

Equation AARE Standard deviation
(16) 0.20 0.13
(18b) 0.70 0.49
(21) 0.53 0.43
(22) 0.70 0.46

among which those presented in Table 1 are among the ones
most referred to in the literature [7]. These expressions have
been obtained mainly for systems operated at atmospheric
pressure and room temperature, and therefore their applic-
ability to high pressure and high temperature conditions is
uncertain. In order to evaluate the prediction capacity of these
equations at extreme conditions, the predictions have been
contrasted with the experimental data of this work and the
results presented in Table 2. This table shows the average
absolute relative error (AARE) of the predictions, as well as the
respective standard deviation, for the expressions that showed
the smallest error. It should be pointed out that several of the
correlations in Table 1 utilize the value of the minimum
fluidization velocity of the corresponding liquid—solid system,
U7 s> and so for this purpose the experimental value was used.

In general terms a relatively wide distribution of errors was
obtained with the correlations in Table 1. Additionally, it was
found that the higher prediction errors corresponded to those
equations that are not expressed in terms of Uy ;. Such
correlations tend to predict incipient velocities higher than the
experimental values, which suggest that they do not adequately
take into consideration the effect of pressure and temperature
on the bed hydrodynamics, something that is not surprising
considering their empirical nature. On the other hand, the
correlations that showed the smaller errors all refer to the
incipient velocity of the liquid—solid system. Furthermore, the
magnitude of the errors for these correlations has been found to
be of the same order of those reported for correlations at
atmospheric pressure and room temperature. As it is shown in
Table 2, the correlation by Ermakova et al. [19] was found to
produce the smallest errors, 20% in average which is of similar
magnitude to those reported by Larachi et al. [7], of 16 and 30%
average errors, respectively, for their dimensional and
dimensionless correlations.

4. Conclusions

The effects of high pressure and temperature on the
hydrodynamic characteristics of ebullated-bed systems have
been studied. For the experimental conditions of temperature
and pressure considered in the present work it has been
observed that the bed expanded without contraction with gas
and liquid flow rates, similarly as it occurs in systems in the
dispersed bubble flow regime. In fact, the prevalence of this
regime has been corroborated by an empirical correlation
proposed in the present work, which shows that most of the
experimental systems considered operated under such regime.
This also seems to explain the reasonable bed porosity

predictions obtained with the pseudo-fluid model. It appears
that the effect on bubble behavior of increases in temperature
and pressure both tend to extend the gas and liquid velocity
ranges for the dispersed bubble flow regime. An increase in
pressure tends to reduce the minimum liquid velocity as a result
of its effect on bubble behavior. On the other hand, it seems that
an increase in temperature has a mixed effect on such velocity
due to the opposing effects that result from a reduction in the
drag force on the particles and from an increase in the
interstitial liquid velocity produced by higher gas holdups.
Finally, a comparison between the experimental minimum
fluidization velocity data and the predictions from several
empirical correlations have shown that the smallest prediction
errors corresponded to those expressions which are an explicit
function of the minimum fluidization velocity for the liquid—
solid system, as long as a reliable value for such velocity is
available.
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